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Normal pentane and isopentane were evaporated into nitrogen in laminar, concurrent flow in a
rectangular channel. Composition profiles within the gas phase were measured, and the evapora-
tion rates were compared with theoretical predictions with satisfactory agreement. The inter-
facial mole fraction of the evaporating species in the gas phase ranged as high as 0.74. A

solution is reported for the Leveque problem under high flux conditions.

The rate of evaporation of a pure liquid into an ad-
jacent laminar flowing gas stream can usually be pre-
dicted by solving a simplified form of the equation of
convective diffusion written for the gaseous phase. If
the vapor pressure of the liquid is sufticiently high, cor-
rection factors must be applied to the mass transfer
coefficients which one would use for the situation of low
concentration level and low mass flux. A second problem
which is encountered as the liquid volatility increases
stéms from the interaction of heat and mass transfer. As
the mass transfer rate increases, the enthalpy change of
evaporation brings about a reduction in both the inter-
facial temperature and, consequently, the liquid vapor
pressure at the interface. The result is a reduction in the
mass transfer rate compared with that which would be
predicted by ignoring this effect.

The purpose of this study has been to investigate the
evaporation of a volatile liquid in an experimental system
for which the fluid dynamics of both phases, as well as
the low flux and low concentration-level transfer coeffi-
cients, are well known. Part II of this work deals with
these phenomena, in regard to evaporation from liquid
mixtures, where the resistance to mass transfer exists in

both the liquid and gas phases.

EFFECT OF CONCENTRATION LEVEL UPON MASS
TRANSFER

Two forms of Fick’s first law may be written for a
binary mixture of components A and B:

Ja* = ~ cDapV2a (1)

Ja' = — (DAB/VA)VSOA (2)

The value of D4p in the above two equations is the same,
even if there are gradients in temperature and pressure,

as long as ‘7,4 remains constant and the substance to which
Equation (2) is applied is incompressible and has a zero
coefficient of expansion (12, 15).

It is convenient to use Equation (1) for mass transfer
situations where the group c¢Dap does not vary signifi-
cantly throughout the fluid. This is found to be true for
most gases at moderate pressures when temperature
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gradients are not large. The conditions for Equations (1)
and (2) to be equivalent frequently exist in liquid solu-
tions; therefore the application of Equation (2) is often
advantageous since a composition-dependent density
does not affect that equation directly.

Equations (1) and (2) may be converted to forms in-
volving N4 and Np:

Nao — x4(Na+ Ng) = — ¢ DagVaa (3)
Nao— @a(Na+ NBVB/VA) = — (DAB/VA)V‘PA (4)

If (Ngs + Np) is not zero, then it is obvious from
Equation (3) that N4 is dependent upon x4 as well as
upon Vxu. If Equation (3) is written at the gas-liquid
interface, then the interfacial flux of A is concentration
dependent; this is what is meant by the concentration
level effect. Since x4 < 1, an increase in concentration
level of the transferred species will result in an increase
in total flux if (N4 + Np) is of the same sign as Na.
Similar reasoning involving volumetric fluxes applies to
Equation (4).

EFFECT OF FLUX LEVEL UPON MASS TRANSFER

Whereas the effect of concentration level can be dem-
onstrated by considering the magnitude of certain terms
in the Fick’s law expression, the effect of high flux or,
equivalently, high concentration gradient enters in a
more subtle manner. For low flux situations, the equations
of motion and the mass transfer equations may be solved
independently and sequentially. For a high flux mass
transfer situation, however, the mass flux must be con-
sidered as an additional velocity term, comparable in
magnitude to the velocities present in the absence of
mass transfer; hence, the equations of motion and mass
transport can no longer be decoupled. This type of solu-
tion yields a different concentration profile shape from
the low flux solution. On the other hand, the shape of
the concentration profile is not altered by high solute
concentration level alone; the concentration profile for a
small concentration gradient at a high concentration level
is similar to that for a small concentration gradient at a
low concentration level.

In order to differentiate between the low and high flux
solutions, it is convenient to employ for gaseous systems
the local mass transfer coefficient defined by Bird et al.

(2):
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¢  Nao — %40(Nao + Ngo)

ks (5)

XA0 — XAe

®

The definition of k. compensates for the concentration
[

level effect, since k, is necessarily equal to — (Dap/8x,4)

[ ]
(8xa/8Y) y=o. k; is determined by the interfacial com-
position gradient.

Since most mass transfer correlations are based on ex-
periments performed under low flux conditions, it is con-
venient to predict the high flux performance by applying
a numerical correction factor to the low flux results. For
this purpose, the dimensionless variables Rap, ®an and
a5 defined by Bird et al. (2) are helpful. Both R4p and
®sp (= Rap 6ap) are dimensionless expressions for the
net interfacial mass flux. 6,5 is the correction factor
which, when applied to a low flux expression for the
mass transfer coefficient, yields the mass transfer coeffi-
cient at a high mass flux. Thus, if one is able to obtain a
solution to the high flux problem for a given flow situa-
tion, the results can be presented graphically in terms of
any two of these three variables.

The correction factors for various models do not differ
greatly at moderate flux levels. At present, high flux solu-
tions exist for three important flow geometries: the film
theory, for which the solution was first carried out by
Lewis and Chang (I1); the penetration theory, for
which the solution was obtained by Arnold (I); and
laminar boundary-layer theory. The resultant correction
factors are given in Figures 21-7-2 and 21-7-3 in the text
by Bird et al. (2).

Unfortunately, none of the existing high flux solutions
were directly applicable to the velocity profiles encoun-
tered in this work. Byers and King (3) have shown that
for short contact times, a flow geometry consisting of
a finite interfacial velocity plus a linear velocity gradient
away from the interface will closely approximate the exact,
parabolic solution for the gaseous phase in concurrent, gas-
liquid channel flow. In view of this, a high flux solution
was carried out for the case of a linear velocity profile
leading away from a stagnant interface in a semi-infinite
fluid (the Leveque model}. This case and the penetra-
tion model represent the two extremes of the finite inter-
facial velocity-linear velocity gradient flow geometry.

Because of the complexity of the high flux Leveque
problem, the equations were solved in finite-difference
form by using the Crank-Nicholson six-point implicit
formula (10). The results, when placed in the dimen-
sionless form of 645 vs. Rap, are shown in Figure 1. The
result for the laminar boundary-layer model at a Schmidt
number of 1.5 and that for the penetration model are
also shown. As can be seen, the curve for the Leveque
model differs very little from the results for the penetra-
tion model, and therefore either of these could be used
to predict the high flux behavior for the gaseous phase
of the experimental equipment, provided the contact
times are not too long.

Another complication that frequently arises at high
flux levels is a variation of important physical properties
across the concentration range between the interface and
the bulk fluid. However, this is not a necessary con-
sequence of increased flux level and therefore can be
considered separately.

PREVIOUS WORK

A number of previous studies have been made of the
effects of high flux and high concentration level on rates
of mass transfer to and from turbulent flows. Colburn and
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Fig. 1. Effect of high mass flux on the mass transfer coefficient for
the Leveque model (dashed curve).

Drew (8) developed the Pgy correction factor which is
predicted by the film model for the case where Npo = 0
and evaluated this correction factor for the evaporation of
water into a turbulent air stream. Similar experiments
concerning evaporation into turbulent gas flows were
carried out by Cairns and Roper (5), Westkaemper and
White (20), Shulman and Delaney (17), and by Wasan
and Wilke (19). These investigators arrived at different
conclusions regarding the appropriate correction factor to
be applied. Vivian and Behrman (I8) surveyed the pre-
vious work and reported results of their own for the ab-
sorption and desorption of ammonia in a short wetted
wall column. Their conclusion was that the Pgpy correc-
tion factor is compatible with the available experimental
data for mass transfer into a turbulent gas stream when
N B0 = O.

There have been fewer experimental studies of high
flux and high concentration level mass transfer in laminar
flows. Emanuel and Olander (9), Ranz and Dickson
(16), and Mendelson and Yerazunis (13) all examined
situations to which laminar boundary-layer theory should
apply and achieved varying degrees of success in match-
ing their results to theoretical predictions.

EXPERIMENTAL APPARATUS

The equipment used in this study was similar to that de-
scribed by Byers and King (4). The gas-liquid contacting
device (Figure 2) was a horizontal rectangular duct, with a
large width-to-height ratio. The gas and liquid phases passed
through this channel in stratified, concurrent, laminar flow
with both the phases having equal depth of % in. An entry
section served to establish velocity profiles in each phase. The
inside dimensions of the test section were: length = 18.0 in,,
width = 3.0 in., and height = 1.0 in. (% in. in each phase).
As can be seen in Figure 2, provision was made for sampl-
ing the temperature and composition at several points along
the exposure length, at %, 10, and 17.5 in. from the inlet.
The temperature and composition probes were mounted on
micrometer barrels that were inserted into the holes indicated
in Figure 2. As a result, these variables could be deter-
mined quite accurately as functions of vertical position.

A schematic diagram of the experimental apparatus is
given in Figure 3. The evaporating liquid was continuously cir-
culated through a closed loop system, in which provisions were
made for adjusting the temperature and flow rate and for
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adding liquid to the system. The gas was continuously with-
drawn_from cylinders through a pressure regulator, passed
through a heater for temperature control, and was then con-
tacted with the liquid phase. After the exposure, the two
phases were separated by a thin metallic divider plate. Addi-
t(ional) details concerning this apparatus are given elsewhere
4,7).

Important features of the apparatus were:

1. The use of chromel-constantan thermocouple temperature
probes. These probes were constructed from 5 mil diameter
wires with 0.5 mil Teflon coating, threaded through 23 mil
diameter stainless steel tubing. The probe was bent so that
the tip end was horizontal into the gas flow. The final 0.6 in.
of the probe wires were left bare, extending beyond the
stainless steel support tube. The low conductivity metals
chosen and the horizontal probe configuration were necessary
to overcome the problems of registering accurate temper-
atures in a low velocity gas flow field.

2. A modification of the inlet calming section design to
provide for better insulation of the inlet gas stream from
the inlet liquid stream. Byers and King used a thin metallic
divider plate separating the gas and liquid. In the present
work, the gas entered along a parabolic flow path which kept
the inlet gas and inlet liquid physically far apart until near
the end of the inlet divider. As a resulf, the final entry angle
of the gas was 6 deg.

3. Windings of nichrome wire placed around the gas entry
section. A carefully controlled current passed through these
wires could be used to make up for heat losses from the chan-
nel and maintain an adiabatic wall condition more closely.

In the present work nitrogen was employed as the gas-phase
feed stream. Hydrocarbons were used for the liquid feed.
n-pentane and isopentane served as volatile liquid species,
while a linear paraffinic hydrocarbon mixture served as a non-
volatile liquid species. This mixture, henceforth referred to as
n-tridecane, was in reality a stillcut from the isosieve process
composed of 16 mole % n-CiaHge, 58% n-CisHas, 25%
n-Cy4-Hgo and 1% n-Ci3Hss.

Gas chromatography was used for gas- and liquid-phase
analyses. An aerograph A-90-P2 chromatograph was employed
with a column composed of silicone oil SE-30 on firebrick sup-
port.

LOW FLUX HEAT AND MASS TRANSFER EXPERIMENTS

The previous work by Byers and King (3, 4) found
good agreement between convective diffusion theory and
experimental results for low flux, low concentration level
mass transfer. Evaporation rates for the cases of gas-phase
control and of resistances distributed between the gas
and liquid phases were successfully analyzed.

In order to confirm the applicability of this approach
for the case of heat transfer in the absence of mass trans-
fer, a number of experimental runs were carried out in
which heat was transferred from a warm nitrogen stream

Fig. 2. Schematic of channel for gas-liquid contact, showing dimen-
sions and probe locations,

(approximately 32°C., inlet) to a nonvolatile liquid
(n-tridecane) at approximately 20°C., inlet. Temperature
measurements with the inlet probe indicated that heat
transfer in the entering section amounted to the equiva-
lent of an extra 1.5 in. of channel contact length. Under
adiabatic wall conditions, the experimental average heat
transfer coefficients, which were obtained through inte-
gration of the entrance and exit temperature profiles,
agreed with the theoretically predicted coefficients quite
well, with an average relative percent deviation of only
2.8% (7). Evaporation of n-pentane from n-tridecane into
nitrogen at low solute concentration levels was also car-
ried out, with close agreement between the experimental
and theoretical mass transfer coefficients. Details of these
heat and mass transfer measurements are given else-

where (7),

EFFECT OF MASS TRANSFER UPON
INTERFACIAL TEMPERATURE

The high flux mass transfer results were obtained by
vaporizing two pure fluids, n-pentane and isopentane,
into nitrogen. Both of these liquids have boiling points
that are only slightly above the run conditions. Conse-
quently, the mass flux levels were quite high, and the
effect of the latent heat of evaporation upon the tem-
perature profiles could not be ignored. A calculation simi-
lar to that outlined by Modine, et al. (14) was found to
yield an acceptable prediction of the experimentally ob-
served decrease in the liquid interfacial temperature,
under conditions where cellular convection cells did not
arise in the liquid phase (see part II). The first step in
the procedure is to calculate the mass transfer rate by
assuming a constant interfacial temperature equal to the
inlet liquid temperature and by using the value of xao
in the gas at the interface predicted by the vapor pres-
sure relationship. The rate of heat consumption at the
interface is directly related to the evaporation rate through
the latent heat of vaporization. Since the liquid phase
obeys the penetration model closely, the temperature dif-
ference between the interface and the bulk liquid can
be related quantitatively to the rate of heat consumption
at the interface by means of the solutions given by Car-
slaw and Jaeger (6) for transient heat conduction in a
semi-infinite slab.

Having determined the value of Ty, one can go to the
vapor pressure curve of the fluid in question, obtain a
new value of x40 corresponding to the new value of T,
and repeat the above calculations. This iterative approach
usually converged to a constant value of Ty after three
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Fig. 3. Experimental opparatus.
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Fig. 4. Exit concentration profile for run No. 240. x40 = 0.584. Sys-
tem: n-pentane/nitrogen.

or four iterations. Details of this calculational method
are given elsewhere (7).

For the interpretation of high-flux evaporation data,
interfacial temperatures obtained with the temperature
probes were employed to obtain the equilibrium partial
pressure of the evaporating species. It was found that
the interfacial temperature would change by no more
than 0.1° to 0.4°C along the channel. An average tem-
perature was used to obtain x4 for converting the cup-
mixing mole fraction to F;.

HIGH FLUX MASS TRANSFER RESULTS

The high flux level mass transfer data were obtained in
two ways, by the measurement of gas-phase concentration
profiles and by the measurement of cup-mixing concen-
trations. The mole fraction of the volatile species was ob-
tained by sampling a continuous flow from either the
concentration probe or the exit stream, by using the gas
chromatograph. From three to six chromatograms were
obtained for each experimental point, and an average
value was calculated. The chromatograms for a single
point usually gave between 5 and 109% spread.

Figure 4 represents an experimental concentration pro-
file taken at the exit probe for a gas-phase interfacial
mole fraction of 0.584. The experimental system was
n-pentane evaporating into pure nitrogen. The fraction
saturation Fy is based upon the experimentally observed
interfacial temperature according to the formula

Fs = x4/%a0 (6)

Figure 5 is a comparison of several experimental con-
centration profiles taken at the same flow conditions,
with varying values of interfacial concentration. The in-
crease in overall transfer rate and the decrease of k. as
the value of x4 is raised can easily be seen. For com-
parison the low flux, low concentration profile for the
same flow conditions is given by the dashed curve.

In order to compare the experimentally obtained pro-
files with a theoretical approach, it was first necessary to
integrate these profiles to obtain a cup-mixing concen-
tration according to the equation

b u.(y)x d
XA, cup mix = j.o E—éyt)]:,%g_g)—y (7)
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Fig. 5. Exit concentration profile for various interfacial mole fractions.

The experimental cup-mixing mole fraction was then con-
verted to a fraction saturation by dividing it by the
equilibrium mole fraction at the interfacial conditions. A
theoretical value of the fraction saturation was obtained
in the following manner.

First, a low flux value of the average fraction satura-
tion was obtained based upon the steady state flow con-
ditions which would have occurred in the absence of
mass transfer. For this purpose the numerical solution
outlined by Byers and King (3) was used. The variation
in gas viscosity due to composition and temperature was
generally small and was ignored by presuming that the
gas-phase velocity profile was parbaolic, as would occur
for constant viscosity. The fraction saturation is directly
related to the average mass transfer coefficient based on
the inlet driving force for the low flux, low concentration
level case by the equations

ke, avg Xa0 = Nao, avg (8)
and
Nao, ave L = ¢ %4, cup mix Usz, ave b (9)
kz. avg L
F = ——— 10
8, avg c Ux, ave b ( )

Manipulating the above two equations along with Equa-
tions (5) and (7), we see that the correction factors
which have been derived for the average mass transfer
coefficient, to account for flux level and interfacial con-
centration level, are also applicable to the cup-mixing
concentration.

Thus, the flux correction can be applied by multiply-
ing the right-hand side of Equation (10) by @4, and
the concentration factor is applied by dividing by (1 —
x40). The appropriate value of #4p was obtained by first
calculating Ryp for the experimental conditions, and then
by using Figure 1 to obtain 84p. Actually, owing to the
existence of a finite interfacial velocity, the correct value
of 045 should lie somewhere between the penetration and
Leveque solutions. Since the difference between the two
is quite small, the penetration model was utilized in all
calculations.

For the prediction of mass transfer coefficients, gas-
phase diffusivities were computed by the approaches of
Wilke and Lee (2I) and of Bird and Slattery (2). The

diffusivity of the nitrogen-n-pentane system was taken
as 0.0882 sq. cm./sec., while that for the nitrogen-isopen-
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TasLE 1. HicH Frux EXpERIMENTAL RESULTS

Experi- Theo-
Graetz No. mental retical® %o
( DABL/U:c,avgb2 ) XA0 Fs Fs error
Evaporation of n-Pentane into N2
0.0454 0.403 0.248 0.235 +5.6
0.0454 0418 0.278 0.239 +4-14.0
0.0454 0.505 0.291 0.248 4-14.8
0.0842 0.410 0.377 0.353 +6.4
0.0842 0.586 0.380 0.382 —0.5
0.0842 0.586 0.427 0.382 +10.5
0.1510 0.439 0.535 0.481 +410.1
0.1510 0.586 0.591 0.525 +11.2
0.0810 0.418 0.357 0.338 +5.3
Evaporation of Isopentane into N2
0.0956 0.560 0.402 0.400 +0.2
0.0956 0.655 0.435 0.421 +3.2
0.1368 0.560 0.490 0.483 414
0.1368 0.681 0.488 0.516 —5.7
0.1368 0.740 0.509 0.536 —5.3

Average percent error = +5.1

* Based upon velocity profile which would occur in the absence of
mass transfer.

tane system was taken as 0.0894 sq. cm./sec., both at
20°C. The vapor pressures of n-pentane and isopentane
were taken as 418.8 and 570.6 mm. Hg, respectively, at
20°C. A tabulation of all experimental data and sources
of physical properties is available elsewhere (7).

In addition to the integration of the experimental con-
centration profiles, a number of cup-mixing concentrations
were obtained directly by sampling the exit gas stream.
The overall experimental results are summarized in Table
1. The gas flow rate was varied to give results at different
Graetz numbers; however, the liquid flow rate was held
constant at 0.4 gal./min. The agreement between the cal-
culational approach and the experimental results is quite
good; however, there is some tendency for the experi-
mental fraction saturation to be somewhat higher than
the predicted values. This is not surprising, since a poten-
tially important factor was ignored in the theoretical
model. The experimental arrangement was one of con-
fined flow; this meant that as the liquid phase evaporated,
it contributed a significant amount of material and there-
fore acceleration to the gas phase in the region near the
interface. It is difficult to predict the exact influence of this
acceleration upon the transfer coefficients; however, the
qualitative effect should be to increase the mass transfer
into the gas phase. This increase in fraction saturation due
to acceleration was calculated to be approximately 109
for x40 = 0.50, if it is assumed that the velocity profile
remains parabolic, that is, that the acceleration is uniform
across the gas phase and that variations in viscosity can
be ignored. As can be seen from the experimental results
given in Table 1, a slight increase in the theoretical
value of the fraction saturation would result in somewhat
better agreement between the theoretical and experimental
results.

If we assume that the concentration level correction is
correctly given by dividing F; by (1 — xa0), then the
experimental high flux results can be used to test the flux-
level correction factor #ap. Figure 6 is a graph of 845 as a
function of x4. The solid curve was obtained by using the
penetration high flux solution, under the conditions of

Npg = 0, and x4. = 0. The experimental data points
tend to be a little high; however, this is probably due to
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Fig. 6. Experimental values of high flux correction factors for the
evaporation of n-pentane and isopentane into nitrogen.

the previously mentioned acceleration effect. The agree-
ment is still fairly good, with the average relative error
being £6.2%.

NOTATION

b = channel half width, cm.

c = total concentration, g.moles/cc.

D,g = diffusion coefficient in the binary system A-B,
sq.cm./sec,

F, = fraction saturation of the gas phase

J4° = molar flux of species A relative to the volume
average velocity, g.moles/sq.cm.sec.

Ja® = molar flux of species A relative to the molar
average velocity, g.moles/sq.cm.sec.

k. = mass transfer coefficient at low flux conditions,

based on mole fraction driving force, moles/
[ ]
sq.cm.-sec., ky = lim (k; ) at (Nag + Npo) = 0

k., = mass transfer coefficient, based on mole fraction
driving force and applicable at high flux condi-
tions, g.moles/sq.cm.-sec., defined by Equation (5)

L = exposure length, cm.
N4 = molar flux of component A relative to stationary
coordinates, g.moles/sq.cm.-sec.
Ppy = log mean pressure of component B
[
Rusg = dimensionless flux ratio = (N + Npg) 7ks
T = temperature, °C,
U.. avg = average gas velocity in the x direction, cm./sec.
Uit = interfacial velocity in the x direction, cm./sec.
u; = velocity in the x direction, cm./sec.
vV = partial molal volume
x = horizontal distance variable, cm.
x4 = mole fraction of component A, gas phase
y = vertical distance from the bottom of the channel,
cm.
Greek Letters
A = difference between two quantities
8ap = dimensionless flux correction factor = k:/k_,-,
@wa = volume fraction of component A
®4p = dimensionless flux ratio = (Nj¢ + Ngo) 7k
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V = vector differential operator

Subscripts

A, B = components A, B, etc.

AB = binary system composed of components A and B
avg = average value of a quantity

0 = evaluated at the interfacial position

o0 = quantity evaluated at a large distance from the

gas-liquid interface, equivalent to inlet conditions
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An approach has been developed for predicting rates of interphase mass transfer under condi-
tions of high flux and high concentration level. A rectangular channel device has been used to
measure rates of evaporation of four solutes, carbon disulfide, n-pentane, cyclopentane, and
ethyl ether, from n-tridecane into flowing nitrogen. The evaporation rate of carbon disulfide
agreed with the prediction of the interphase theory up to a carbon disulfide mole fraction of
0.30 in the bulk liquid. For the other three systems, a concentration gradient induced, surface
tension driven cellular convection served to increase liquid-phase coefficients substantially. A
correlation was obtained for the effect of this cellular motion on the liquid-phase mass trans-

fer coefficient.

In part I of this series, the prediction of evaporation
rates was simplified by the lack of liquid-phase mass
transfer resistance. The calculation of mass transfer rates
for the evaporation of liquid mixtures is considerably
more complex, since the mass transfer resistance can lie
in both the gas and liquid phases. The interfacial gas-
phase composition is a function of interfacial temperature
and the ratio of the mass transfer coefficients in the two
phases. The problem requires the simultaneous solution
of the convective transport equations for both phases. If
the complicating factors of high flux and high concentra-
tion level are also important, the problem becomes still
more difficult.

The experimental equipment utilized in this study was
the same rectangular duct described in part 1. A number
of different volatile compounds were vaporized from a
flowing nonvolatile solvent (n-tridecane) into a flowing
nitrogen stream. The mass transfer conditions could be
varied by changing either the nature or the concentration
of the evaporating substance, or the temperature. Since
the equipment has already demonstrated predictable be-
havior with respect to the stream flow variables (7 to 9),
the flow conditions were fixed for all runs. The inlet
nitrogen flow rate was held at 166 cc./sec., while the
feed liquid flow was 0.400 gal./min. The interfacial tem-
perature was controlled to within 0.2°C. of a constant
value for each solute system,

INTERPHASE MASS TRANSFER

The first major contributions toward the solution of the
general two-phase resistance, mass transfer problem were
made by Lewis (16) and Whitman (27). Their approach
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resulted in a simple addition of independently measured
individual phase resistances to yield the overall mass
transfer resistance. There are a number of criteria which
must be satisfied in order for the additivity of indepen-
dently measured individual phase resistances to be valid
(12). The effects of deviations from these criteria tend
to cancel out one another in simple equipment providing
only a single exposure of the contacting phases, particu-
larly when the additivity principle is applied to the
average rather than the local mass transfer coefficients.
In complex contacting equipment, such as packed and
plate columns, the departure from additivity can be
much more severe.

For concurrent flow in the device used in this study,
the additivity of resistances principle is accurate to better
than 2% for low flux and low concentration levels, pro-
vided the the Graetz number (D4pL/Uaygb?) is less than
0.50 (8, 9). Independently measured resistances tend to
be additive if the individual coefficients have similar
functionalities with respect to exposure time, or length
of contact between phases. Since the high flux and high
concentration level corrections do not affect the x direc-
tion functionality of the individual phase mass transfer
coeficients, the additivity principle should work as well
under conditions of high flux and high concentration level,
provided the correction factors for these effects are prop-
erly applied.

A convenient and accurate assumption for most liquid-
phase mass transfer calculations is that of constant par-
tial molal volume, which leads to a liquid-phase mass
transfer coefficient based on volume fraction driving
forces:
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